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Abstract 
The use of gas permeable membranes for bubbleless aeration is of increasing 

interest due to the energy savings it affords in wastewater treatment applications. 

However, flow maldistributions are a major factor in the impedance of mass transfer 

efficiency. In this study, the effect of module configuration on the hydrodynamic 

conditions and gas transfer properties of various submerged hollow fibre bundles 

was investigated. Flow patterns and velocity profiles within fibre bundles were 

predicted numerically using computational fluid dynamics (CFD) and the model was 

validated by tracer-response experiments. In addition, the effect of fibre spacing and 

bundle size on the aeration rate of various modules was evaluated experimentally. 

Previous studies typically base performance evaluations on the liquid inlet velocity or 

an average velocity, an approach which neglects the effect of geometric features 

within modules. The use of validated CFD simulations provides more detailed 

information for performance assessment. It was shown that specific oxygen transfer 

rates declines significantly with increasing numbers of fibres in a bundle. However, 

the same trend was not observed when the fibre spacing is increased. A correlation 

was proposed for the prediction of the overall mass transfer coefficient utilizing the 

local velocity values obtained from the validated CFD model. 

 

Keywords:  Membrane aeration, Computational Fluid Dynamics (CFD), Hollow fiber 

module configuration, Mass transfer efficiency, Hydrodynamics 
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1. Introduction 

Hollow fibre gas-liquid contact membranes are of increasing interest in a wide variety 

of applications including wastewater treatment, medical devices, and de-gassing of 

process industry liquid streams. The use of such contactors as bubble-less aeration 

devices in water/wastewater treatment has been under investigation for several 

years [1–10]. Enhancing the oxygen transfer rate to the liquid is of critical importance 

in these processes. High rates of mass transfer, close to 100% transfer efficiency [4], 

good process control and ability to operate at flow rates and pressure independent of 

the bulk fluid phase are some of the reasons for their superiority over energy 

intensive bubble aeration systems [8]. A commonly used membrane material in 

these applications is Polydimethylsiloxane (PDMS), due to its high oxygen 

permeability and robustness sin the wastewater milieu. The dense or non-porous 

nature of PDMS eliminates the possibility of bubble formation above moderate 

pressures and additionally prevents intra-pore fouling and wetting, which are 

disadvantages of porous membranes in these applications. 

The rate of aeration is largely dependent on the effective surface area of the 

membrane and the driving force for permeation (the concentration gradient across 

the membrane wall) [2,3]. The total resistance to gas transfer consists of three terms, 

gas side resistance, liquid side resistance, and membrane resistance [2,9–11]. The 

gas side resistance is typically significantly smaller than that of the liquid side 

resistance. Furthermore, the mass transfer coefficient is independent of gas partial 

pressure, for partial pressures below 3 bar [1]. Thus with the membrane side 

resistance of a module being constant, the efficiency of the aeration process is most 

dependent on the liquid side resistance in submerged membrane bundles [1].  

 

Previous research has highlighted the importance of module configuration and 

hollow fibre layout on the performance of various heat and mass transfer processes 

utilizing membrane modules [7,12–23]. Hollow fibre systems with parallel flow are 

often prone to flow mal-distribution with reduced flow through the centre of the fibre 

bundle. The water velocity increases radially culminating in preferential flow or 

channelling around the outside of the membrane bundle. This flow mal-distribution is 
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influenced by the module design (membrane diameter, length, packing density or 

inter-fibre spacing , bundle diameter, Reynolds number, bundle spacing, shell 

diameter, and possible dead zones caused flow around the potted ends of the 

module etc.) in a complex way that is poorly understood. Since the local velocity and 

shear flow determine the local mass transfer coefficient, the occurrence of such 

radial flow variation across the bundle results in lower overall rates of mass transfer 

and reduced reactor performance [17,24–26].  

 

Many studies have been undertaken to understand and engineer the liquid flow field 

in membrane modules to enhance mass transfer [16,20,27–33]. Among applied 

methods, computational fluid dynamic (CFD) tools provide detailed analyses of the 

flow fields and the macro-scale diffusion of the species within the system, allowing 

for confident design and characterization of mass transfer within membrane bundles. 

Typically to reduce computational costs and time, single fibres or a section of the 

module geometry is modelled and simplifying assumption are applied [17,28,31,34–

36].  Previous studies have utilized CFD modelling to, for example, predict the 

effects of operating parameters on the performance of various hollow fibre 

membrane processes [17,18,30,37]. The impact of module packing density on 

filtration efficiency, as well as fouling and cake growth, have been assessed using a 

finite element approach [38,39]. The results showed the significance of packing 

density on the flow distribution and filtration rate, with a 30% increase in membrane 

packing density leading to a 50% reduction in filtration flux.  

 

In this paper we extend this approach to develop a validated CFD model of flow 

distribution in the modules followed by experimental gas transfer performance 

studies in order to better inform the analysis and design of hollow fibre modules.  

Flow distributions in different hollow-fibre modules, having different numbers of fibres 

and fibre spacings, were characterised experimentally using a tracer-response 

approach, and the residence time distribution (RTD) curves obtained were compared 

with those predicted by a CFD model; allowing validation of the CFD model. To 

evaluate the significance of the hydrodynamic conditions on the overall mass 

transfer performance, specific oxygen transfer rate (OTR) tests were performed with 

the same modules. The novelty of this research is the robust experimental validation 

of the CFD model, thus allowing for more confident assessment of the effect of 
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localised flow patterns in the module and subsequent analysis of the impact of these 

patters on gas-transfer performance. 

 

 

2. Materials and Methods 
2.1. Membrane Bundle Fabrication 
Hollow fibre membrane modules typically consist of parallel fibres packed in an 

external shell. This provides a very large specific surface area for transfer. It has 

been shown that structured fibre configurations cause less flow mal-distribution and 

enhance mass transfer efficiencies [36,40,41]. In this study, homogeneous dense 

PDMS hollow fibre membranes were used. Fibre bundles were assembled using a 

predetermined hexagonal spacing, held in place by two plastic disk spacers on each 

end of the bundle.  Details of the module designs are summarized in Figure 1 and 

Table 1.  

 

Modules were fabricated with 4, 7, 19 and 37 fibres of the same length and 

assembled in 2mm, 4mm, and 6mm spacing configurations (due to design 

restrictions and the small column diameter, bundles of 19 fibres with 6mm spacing, 

and 37 fibres with 4 and 6 mm spacings, could not be tested). In all, nine fabricated 

bundles were used to study effects of geometry on hydrodynamics of the shell side 

flow and mass transfer efficiency.  

 

The membrane bundles were potted into 6mm OD (4mm ID) polyethylene tubing at 

each end, using polyurethane potting agent (RS Components, Dublin Ireland). This 

potting material reduces the risks of gas or liquid leaks and can endure high 

pressures of up to 3 bar gauge. Spacers were placed at the ends of the bundle, 

keeping the effective fibre length of all fibres 42cm, from spacer to spacer. Each 

potted bundle was inserted in an 80cm vertical glass tube with an inner diameter of 

25mm. Two stainless steel 6mm OD pipes held the bundle at a fixed vertical position 

(figure3) and provided the air flow to the membranes.  

 

2.2. Computational Fluid Dynamics 
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The flow characteristics controlling the performance of hollow fibre membrane 

bundles were investigated numerically with a finite volume CFD method. The 

membrane bundle in the glass column was chosen as the computing domain. The 

three dimensional geometric structures of the computational domain were generated 

using Gambit 2.4 software which was then divided into smaller sub-domains. 

Hydrodynamic studies were carried out by developing a double precision model 

using the commercial software Fluent 6.3.26. Fluid properties were defined and 

appropriate boundary conditions were set. Velocity inlet and pressure outlet 

boundary conditions were set at the shell side inlet and outlet respectively. In order 

to conserve computational time and achieve correct results, grid sensitivity studies 

were conducted. Grids as small as 10% to 100% of the smallest dimension (0.5mm) 

were applied to the geometry to confirm that chosen grid sizes for each geometry 

resulted in grid-independent numerical results upon further grid refinement. A 

structured and fine mesh was applied to smaller and sensitive regions such as inter-

fibre areas to confirm the accuracy of flow prediction in those areas. The amplified 

radial cross sections of the computational domain and grids are shown in Figure 2. 

More details on the mesh sizes are provided in Figure S1 and Table S1 in the 

supplementary information. 

The flow field for all bundles was initially solved in steady state by SIMPLE coupling 

of the momentum and continuity equations for three water inlet velocities of 2.7, 4.8 

and 6.9 cm/s. The flow field is solved as an incompressible, isothermal, steady state 

case. The continuity conservation equation is written as 

 

∇. (v�⃗ ) = 0 Equation 1 

 

And the rate of change of momentum in each direction is as 

 
∂(ρv��⃗ )
∂t

+ ∇. (ρv�⃗ v�⃗ ) = −∇p + ∇. (τ̿) + ρg�⃗  Equation 2 

 

Where τ is the Reynolds stress tensor. A two equation turbulence model, standard k-

ε model originally developed by Launder and Spalding 1974 [42], was used to predict 

the velocity profiles for the two higher inlet velocities, 2.7 and 4.8 as the flow is 

transient in these two cases (Reynolds numbers of 1335 and 1632 respectively) and 
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the flow is prone to larger local turbulent areas. The turbulent kinetic energy (k) 

equation and the rate of kinetic energy dissipation (ε) in each direction are solved as 

equation 3 and 4 respectively. 

 

ρ ∂k
∂t

+ ∂(ρviki)
∂xi

= ∂
∂xi
�(μ + μt

σk
) ∂k
∂xi
� + G + B − ρε Equation 3 

ρ ∂ε
∂t

+ ∂
∂xi

(ρviε) = ∂
∂xi
�(μ + μt

σε
) ∂ε
∂xi
� + C1

ε
k

G + C1(1 − C3) ε
k

B − C2ρ
ε2

k
 Equation 4 

 

Where μt is the eddy viscosity, G is the rate of turbulent kinetic energy production 

and B is its rate of dissipation.   

 

G = −ρvȷ′vı′����� ∂vi
∂xj

 ≈  μt(
∂vi
∂xj

+ ∂vj
∂xi

) ∂vi
∂xj

   Equation 5 

B = ρ′vȷ′�����gj  ≈  − μt
ρσp

∂ρ
∂xj

gj  Equation 6 

 

Where C1=1.44, C2=1.92, C3=0.09, σp=1, σk=1.3.  

To evaluate flow distribution and inter-fibre mixing in the column, a tracer was 

injected in the centre of the bundle. As well as incorporating unsteady state flow to 

follow tracer transport in time, a convection-diffusion equation is applied to model 

mass diffusion due to concentration (C) gradients and species transport due to 

convection 

 
∂(ρC)
∂t

+ ∇. (ρv�⃗ C) = −∇. J⃗ Equation 7 

 

Where J⃗ is the diffusion flux of tracer due to concentration gradient  

 

J⃗ = −�ρD + μt
Sct
� ∇ Equation 8 

Sc is the dimensionless Schmidt number. The second term in the brackets in 

equation 8 is neglected for laminar flow cases.  

2.3. Tracer-Response Studies 
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A series of tracer injection experiments were conducted to evaluate the uniformity of 

the mixing and the presence of possible low velocity or dead zones leading to loss of 

mass transfer efficiency. In addition, these experiments were used to confirm the 

validity of CFD flow predictions. 

 

To conduct the tracer-response experiments, an additional hollow fibre membrane 

was attached to the central fibre of the bundle to be used as the tracer injection fibre. 

The injection tip was fixed at 10cm above the lower spacer (Figure 3-right). The 

other end of the injection fibre was fitted with a luer lock fitting, allowing for the 

secure attachment of the injection syringe (Figure 3-right). Pictures of the actual 

experimental set up are provided in Figure S2 in the supplementary information. The 

positioning of this fibre in the centre of bundle cross section allowed for the injection 

of a tracer and following its dispersion along and among the fibres. The tracer 

injected can mimic the oxygen transferred from the central fibre to the liquid in the 

sense that it shows the extent of convection of water containing the transferred gas 

species at a certain time. Sustained high concentrations of the tracer within the 

bundle and poor dispersion to the bulk liquid is an indication, for example, of poor 

mixing and low velocity zones within the bundle cross section. Identifying regions of 

poor flow is of great importance, since, poor mixing results in higher local dissolved 

gas concentrations around the membranes and lower gas transfer rates. 

 

Grade 1 pure water (18.2 MΩ cm−1) obtained from an Elga Process Water System 

(Biopure 15 and Purelab flex 2, Veolia, Ireland) was pumped upflow through the 

column using an adjustable flow pump (Cole-Parmer, Fisher Scientific Ireland Ltd). 

The experimental set-up for the tracer study is illustrated on the right hand side of 

Figure 3. 

 

Tracer studies were performed at three water inlet velocities in the column, 2.7, 4.8 

and 6.9 cm/sec by injecting 0.02ml of 1M HCl solution through the injection fibre 

(highlighted in figure 3). The HCl solution was tinted with Methylene Blue for visual 

inspection. A conductivity probe (WTW inoLab, Wissenschaftlich Technische, 

Germany) was positioned in the centre of the tube, 15cm above the upper spacer, 

and perpendicular to the flow direction, to detect the temporal conductivity values of 

the water stream. Mesh spacers positioned above the column inlet and below the 
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conductivity probe, together with long downstream and upstream free spaces in the 

glass column, encouraged fully developed flow in the test section. The conductivity-

time data were recorded using a data logger (PicoLog 1216 Data Logger - Pico 

Technology, Cambridgeshire, United Kingdom). Conductivity values were translated 

to HCl concentrations using a pre-obtained concentration-conductivity calibration 

curve. 

 

A total of 27 experiments were run under described conditions. Experiments were 

repeated 5-10 times to ensure reproducibility. An example of a pulse injection 

response curve is shown in Figure 4. 

 

One of the most commonly used models for describing the non-uniformity of 

streamlines and diagnosing poor flow is the RTD function analysis. It can be 

calculated according to the total mass of injection and the temporal concentration of 

the tracer.  

 

E(t) = C(t)
∫ C(t)dt∞
0

 Equation 9 

 

The average species residence time, calculated by Equation 10, reflects the degree 

of mixing in a reactor. In the case of fully mixed flow, with no stagnant areas or dead 

zones, the mean residence time will be equal to the hydraulic residence time, which 

is calculated by dividing the reactor volume by the volumetric flow rate of the fluid.  

 

tm = ∫ tE(t)∞
0  Equation 10 

 

In many processes, longer residence times are more favourable. In these cases, 

larger deviations of mean residence time from the hydraulic residence time that are 

generally an indication of longer contact time, mean enhanced mass transfer [29]. 

However, in the case of submerged hollow fibre membranes, a longer residence time 

infers the existence of dead zones and stagnant areas. This non-uniformity in mixing 

might cause local oxygen concentration polarization, leading to local reductions in 

concentration gradients on the outside of the membranes, thus lower rates of oxygen 

transfer to the liquid. Mass transfer is improved if the flow is closer to a plug flow 
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reactor (symmetrical and sharp RTD curve). For a clear evaluation of the shape of 

the RTD curve, the RTD curve variance is also considered (Equation 11). Smaller 

variances indicate narrower RTD peaks, thus more uniform flows. To be able to 

compare results independent of their residence time, a dimensionless form of 

variance is used. Dimensionless variance is calculated as in Equation 12. 

 

σ2 = ∫ (t − tm)2E(t)dt∞
0  Equation 11 

σD2 = σ2

Tm2 Equation 12 

 

Furthermore, the skewness of the RTD curve is sometimes considered. It measures 

the extent to which the distribution is skewed to one side or another, meaning the 

asymmetry of the distribution (equation 13). Positive skewness indicates that the tail 

on the right side of the graph is longer while negative skewness suggests the 

opposite side of the graph is longer or fatter and the majority of the graph is 

concentrated on the right hand side of the graph. A symmetrical graph has zero 

skewness. The smaller the skewness value, the closer the flow is to a plug flow 

reactor. 

 

S3 = 1
σ3/2 .∫ (t − tm)3. E. dt∞

0  Equation 13 

 

2.4. Oxygen Transfer Experiments 
Specific oxygen transfer rate experiments were performed to evaluate hydrodynamic 

effects on the gas transfer behaviour of membrane bundles. The column and the 

recirculation line were initially filled with tap water. The water was then deoxygenated 

by sparging the recirculated stream (circulation rate of 6.9cm/s) with pure nitrogen in 

the inline reservoir (Figure 3-left) until the DO reached as low as 0.07                              

mg/lit. Pure oxygen gas was introduced to the inside of the hollow fibres at a 

pressure of 50-100 mBarg and a minimum flow rate of 150ml/min, which was 

sufficient to maintain a constant partial pressure of oxygen within the fibres during 

the study. A dissolved oxygen (DO) probe (CellOx® 325, WTW Wissenschaftlich-

Technische Werkstätten GmbH, Germany) was installed near the column outlet to 

measure the local dissolved oxygen concentration with time. Oxygen concentration 
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readings were collected using a Pico 1216 data logger. Dissolved oxygen 

concentrations were recorded as a function of time until the dissolved oxygen 

concentration in the recirculated liquid stream approached saturation. The temporal 

concentration values were used to calculate the rate of oxygen transferred to the 

liquid using a basic mass balance equation. 

 
2.5. Empirical correlation between local velocity profiles and oxygen transfer 

efficiency 
Mass transfer coefficients in hollow fibre membrane modules are often complex to 

describe as there are many contributing factors such as the module configuration, 

packing density, liquid inlet velocity and the shell side velocity distribution. Various 

studies have proposed empirical correlations to predict the mass transfer coefficient 

for different operating conditions [28,38,39,43–52]. These correlations, many of 

which were developed in lab-scale membrane modules are always effective in the 

prediction of the performance of larger, more practical modules, which are employed 

commercially. Table 2 shows some of the reported shell-side mass transfer 

correlations from the literature. The general form of the proposed correlations is as in 

equation 14.  

 

Sh = A Rex Scy  Equation 14 

 

Where A is a constant and the Sherwood, Schmidt and Reynolds numbers are 

calculated as Sh=Kdeff /D, Sc=µ/Dρ, Re=ρudeff/ µ respectively, and deff is the 

effective diameter of the column. The module effective diameter is calculated as  
 

deff = (dbundle
2−ndfibre

2)
(dbundle+ndfibre)

 Equation 15 

 

Where dbundle is the cross-sectional diameter occupied by fibres, n is the number of 

fibres and dfibre is the outer diameter of the membrane fibres. More information on the 

calculation of dbundle is provided in table S4 in the supplementary information. 

The power x is the indication of the extent of velocity dependence of the mass 

transfer. It has been reported to be within a range of 0.3-0.93 in various studies in 
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the literature, mainly depending on the range of Reynolds calculated from the inlet 

velocity.  

In these studies, apart from module inlet velocity, the packing density is the primary 

controlling factor in the rate of transfer. If localised velocity distributions (obtained 

from the CFD model) for each module configuration are utilized instead of inlet 

velocity, the packing density can removed as its contribution is incorporated 

intrinsically in the velocity profile.  

 

Previous studies have oftern employed correlations that use Reynolds number 

estimates based on the inlet velocity. As shown previously the local velocity values 

have a profound impact on boundary layer thickness and the mass transfer 

coefficient, which directly influences the aeration efficiency [31]. However, unlike 

previous studies, where a uniform average velocity across the module cross-

sectional area was used, here, the average velocity within the hollow-fiber bundle 

(the space occupied by hollow fibres) is utilised. For all computational cells existing 

in the cylindrical region occupied by the hollow fibre membranes, with radius of rbundle 

and length of the fibres (42cm), local velocities are extracted and the bundle region 

average velocity is obtained. More information on the cylindrical area of focus and 

rbundle of different hollow fibre configurations are provided in the supplementary 

information table S4. The bundle area average velocity is used to calculate effective 

Reynolds numbers for all bundles of study at various inlet velocities. The diameter of 

the bundle area is also used as the effective diameter when calculating 

corresponding Reynolds numbers. Schmidt number is independent of the fiber 

number or spacing employed in the modules and is the same for all operating 

conditions and module configurations. The exponent y in Equation 14, is typically 

0.33 in the literature and the same value is assumed here. The calculation of 

exponent x requires comparisons of the right hand side of the equation with a 

previously obtained and confirmed Sherwood number on the left hand side of the 

equation, i.e., experimentally calculated Sherwood number for each bundle.  

 
3. Results and discussion 
3.1. Flow mixing (assessed by CFD) 
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The shell side flow field was numerically solved at three inlet velocities for all bundles 

of study using the FLUENT CFD code. The power of using a validated CFD model is 

the access to features of shell-side hydrodynamics, particularly when there may be 

geometric features (for example, spacers) in the modules that are significant enough 

to affect the hydrodynamics. A sample of the velocity contour plots is presented in 

figure S3 in the supplementary information. As expected, the results show that, at 

the higher membrane packing densities (smaller spacings), the inter-fibre velocity 

was significantly lower than the bulk liquid velocity. (The term “bulk liquid” refers to 

liquid outside of the fiber bundle). At higher packing densities the boundary layers 

surrounding each fiber impose a greater effect on the flow within the bundle, which 

slows the local velocity and encourages preferential flow around the outside of the 

membrane bundle (see Figure S3 in supplementary information). 

 

Water flows parallel to the hollow fibers, with small disturbances in the axial flow 

mainly around the spacers bounding the membrane module. Comparisons between 

the axial and radial velocities plotted in Figures S4 to S6 in the supplementary 

information shows that the flow disturbance caused by the spacers occurs in a larger 

area for higher inlet velocities and dampens more quickly in lower velocities. At an 

inlet velocity of 2.7cm/s the flow is laminar with an average 0.015% probability of 

local turbulence in the column. This probability increases to between 5 and 20 

percent for water velocities of 4.8 and 6.9 cm/s respectively. Further details on local 

Reynolds numbers are provided in Table S2 in the supplementary information 

section.  
 

The transport of an inert tracer was simulated using CFD for the same set of 

conditions under which experimental tracer experiments were conducted, and the 

results were then used to validate the CFD model. The time-dependent tracer 

response curves were compared for all packing densities and inlet velocities. 

Representative data for a water inlet velocity of 6.9 cm/s are shown in figure 5. It is 

clear that there is a good agreement between the experimental and modelled 

response curves, which validates the use of the CFD model to further analyze the 

hydrodynamics in the hollow fibre configuration.  
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The experimental curves in Figure 5 represent the averages of 8 to 12 runs for each 

membrane configuration. The shape of the tracer response curves provides insight 

into the flow patterns. A pulse injection in a plug flow reactor will result in a sharp and 

narrow peak in the effluent concentration profile. Therefore, wide curves suggest 

deviation from plug flow behaviour. Long tailing of the curve is an indication of the 

flow straying from the Gaussian distribution thus deviating from uniform velocity 

distribution across the membrane bundle. Larger bundles show a larger extent of 

deviation from uniform flow.  

 

Flow distribution significantly changes with varying fibre spacing as well as bundle to 

annulus radius ratio. Among the bundles tested, those with sharp peaks and a 

normal distribution are at an optimum from a mass transfer perspective as they 

provide a more uniform flow distribution, better mixing and reduce the chance of 

local concentration polarization.  

 

For both experimental and simulation data, the mean residence times for all 9 

configurations were calculated using equation 10. To assure model validity, these 

comparisons are shown in Figure 6 where it can be seen that there is satisfactory 

agreement between the CFD model predictions and experimental data.  

 
3.2. Tracer-Response Distribution analysis 
As the tracer was injected adjacent to the central fibre, it was transported through the 

fibre bundle into the bulk liquid and to the conductivity meter. Experimentally 

obtained time dependent tracer response data were used to prepare residence time 

distribution (RTD) curves which allow the calculation of mean residence time (tm) and 

response curve variances (σD) using equations 10-12 for each bundle configuration. 

Figure 7 summarises this data for all membrane configurations and for a range of 

fibre inlet velocities, (2.7, 4.8 and 6.9 cm/s). The hydraulic residence times (t)̅ for the 

applied water velocities are calculated as 16.4, 9.2 and 6.3s respectively.  
 

As expected, the mean residence time decreases with increasing liquid velocities for 

all bundle configurations. However a definite trend cannot be observed when it 

comes to the number of fibres present or fiber spacing. The velocity field changes 
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with inlet velocity even for the same module. At higher inlet velocities, i.e. transitional 

flow, larger regions of turbulence influence the dispersion of the tracer. The resulting 

complex flow paths increase the chance of secondary flows that influence the 

behaviour of the bundle. Hence, the overall trends are similar for the experiments 

performed at 4.8m/s and 6.9 m/s, while the same bundles show different trends at 

lower inlet velocities. In both transitional flows, the 7 fibre bundle with 6mm spacing 

has the lowest residence time and the 37 fibre bundle with 2mm spacing has the 

highest residence time. For ease of comparison, the variance and skewness of the 

RTD curves for all bundles tested are depicted in Figure 7-right. The skewness of the 

curves is stacked on top of the variance in a lighter colour for ease of comparison. 

 

The variance shows similar trends to the mean residence times for bundles tested at 

the same inlet velocity; the spread of the tracer peak becomes smaller as the water 

velocity increases and residence time drops. Non-zero skewness of the curves is an 

indication of deviation from plug flow. Generally the skewness of the graphs 

decrease with velocity and are very smaller than the variances of the curves. Smaller 

skewness and variance of the curves is an indication of better mixing in the column 

and uniform flow field. Although at higher velocities these indexes are smaller, the 

same trend is not observed when increasing fibre spacing. Due to the complexity in 

these observations, a conclusion on the optimal bundle configuration is only possible 

by directly assessing the velocity field. Fundamental studies of the velocity 

distribution in the cross section of the column can provide valuable information, 

which helps to explain this behaviour.  

 

3.3. Specific oxygen transfer rate prediction 
The CFD model provides the basis for a more in-depth analysis of the water velocity 

distribution in the membrane module. An example of local velocity profiles for 

modules employed in this study are shown in figures S7 and S8 in the 

supplementary information. The velocity profiles clearly show, lower water velocities 

within the fiber bundles compared to the bulk liquid, and the drop is more marked as 

the inter-fiber spacing decreases. 

 

Many studies base their mass transfer performance evaluations on the liquid inlet 

velocity or an average shell-side velocity, an approach which neglects the effect of 
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geometric features within the modules that may influence hydrodynamics. However 

the use of a validated CFD simulation, allows the flow field within the bundles to 

provide more information when assessing mass transfer performance. Here, the 

velocity profiles for the different membrane modules are utilized to help predict the 

specific oxygen transfer rates in those bundles. In an attempt to compare CFD 

predictions with the correlations in the literature, the general form of equation 14 is 

utilized. The model Sherwood number is calculated for all investigated cases, 

different membrane configurations and inlet velocities, by incorporating the bundle 

area average velocities and the bundle area diameter in the right hand side of 

equation 14 as previously explained in section 2.5.  Exponents x and y are to be 

obtained by comparing model predicted Sherwood numbers with the values 

experimentally measured. 

 

To obtain the experimental Sherwood numbers, the shell-side mass transfer 

coefficient (K) is required. Thus, OTR tests were performed for all 9 bundles at three 

inlet velocities. Fibre bundles of 2mm spacing were twisted to mimic zero spacing 

bundles with adjacent fibres touching. Experiments were repeated to confirm 

reproducibility. The water recirculation rate was fixed at 12.3, 21.8 and 31 ml/min for 

the three inlet velocities of 2.7, 4.8 and 6.9 cm/s respectively. OTR results for the 

studied fibre arrays at the highest inlet velocity are presented in Figure 8.  
 

The results show an average decrease in the specific rate of oxygen transfer with an 

increasing number of fibres in a bundle. As expected, bundles with no spacing 

between the fibres have the lowest overall transfer of oxygen compared to loosely 

packed bundles, where a 2mm increase in spacing can lead to up to two-fold 

improvement in the performance. However, further increases in the spacing seem to 

have diverse effects on the aeration rate. The OTR rises only by 3% for the 19 fibre 

bundle when increasing the intra-fibre spacing from 2mm to 4mm. The 7 fibre bundle 

transfers 8% less oxygen when put together with 6mm spacing rather than 4mm, 

while the same procedure reduces the OTR for the 4 fibre bundle by almost 3%.  

 

The experimental mass transfer coefficient, and therefore the experimental 

Sherwood number is calculated from the temporal dissolved oxygen concentration 

data from the OTR experiments. As the Sc number is constant, Sh/Sc0.33 is plotted 
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against the Reynolds number calculated from CFD model velocity profiles, on a log-

log axis to quantify their exponential relationship (figure9).  

The constant A is calculated from the intercept of these graphs. With A and 

exponents x and y determined, equation 16 is proposed to predict oxygen transfer 

coefficient using CFD model velocity profile results. 

 

Sh=1.7Re0.42Sc0.33 Equation 15 

 

The proposed correlation is used to calculate the CFD model Sherwood numbers. 

Experimental and model-calculated Sherwood numbers are compared in figure 10. 

The results show satisfactory predictions using the CFD model local velocity data, 

with an R2 value of 0.71 over the entire range, with approximately 70% of the cases 

computationally predicted being within 20% error margin of the experimental data. 

The previously proposed correlations suggest that the Reynolds number power index 

for laminar flow is close to 0.33 [45–47,50]. In this study, the x power index is found 

to be slightly higher which would suggest the presence of local turbulent areas. In 

the case of turbulent flow, the velocity dependence of the mass transfer rate is more 

significant with an exponent of 0.5-0.9.[28].  

The proposed correlation in this study has been compared with some of the previous 

correlations from the literature (Table 2). For a wider overview, comparisons were 

made even if the operating range suggested by the authors do not match the range 

tested in this study. For a comprehensive comparison, different approaches were 

taken.  

In the first approach, to calculate the Sherwood number using literature correlations, 

the Reynolds number was calculated using the local velocity values obtained from 

CFD and the proposed module packing densities and effective diameter of dBundle 

(table S4 in the supplementary information) were plugged in where required.  

 

The same technique was applied in approach 2, with a difference in the way the 

packing density is calculated. In this approach, the packing density is calculated as 

proposed by the referred studies, using the following equation (eq16). 

 

φ = number of fibres × ( dfibre
dColumn

)2 Equation 16 
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In the third and final approach, the nominal Reynolds numbers was calculated based 

on the shell inlet velocity as proposed by majority of the published studies. The same 

packing density employed in approach 2 was utilized.  

 

For each of the previously proposed correlations and each of the approaches, the 

percentage error between correlation-calculated and experimental Sherwood 

numbers for each module and each inlet velocity (27 cases total) was calculated 

using equation 17.  

 

% Error = 100 × |Correlation Sh−Experimental Sh|
Experimental Sh

 Equation 17 

 

The average and standard deviation of the percentage error over all 27 cases are 

reported in table 2. Comparing the error percentages, it is apparent that the 

correlation proposed here is the best fit to the experimental data of this study.  

 

 

4. Conclusion 
A CFD model was used to study the hydrodynamics in a hollow-fiber membrane 

contactor with variable fibre numbers, spacing and liquid flow velocities. Unique 

tracer-response experiments were performed to characterize the fluid flow behaviour 

and was also used to successfully validate the CFD model by comparing tracer-

response curves. Several factors were found to influence the flow pattern, such as 

the fibre bundle to annulus cross-sectional areas, the number of membranes in the 

bundle and the fibre spacing and orientation. No general overall conclusions can be 

drawn for any of these influencing parameters without taking into account the effect 

on the other influencing parameters. Using the validated model, the shell-side 

velocity profiles were extensively studied and used to test a hypothesis regarding the 

relationship between flow distribution uniformity and specific oxygen transfer rates. 

Using predicted velocity profiles in the module shell, a correlation was proposed for 

the overall mass transfer coefficient using local velocity values for calculating 

Reynolds numbers. In addition, the gas transfer performance was evaluated 

experimentally and related to the hydrodynamic patterns. Increasing the fibre 
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spacing did not result in an increase in specific OTR in all cases as the wall effects 

greatly interfered with the velocity distribution in the inter-fibre areas as well as the 

bulk of the liquid. Good agreement was obtained between model-calculated and 

experimental Sherwood numbers. Previously published correlations for membrane 

contactors are generally system specific. This limitation can be overcome by 

employing CFD, which provides a number of benefits including analysis of localised 

hydrodynamic effects within complex geometries and the ability to optimise the 

design membrane modules in a less time-consuming manner than experimental 

tests. 
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Nomenclature 
v Velocity m/s 

ρ Fluid density kg/m3 

t Time sec 

μ viscosity kg/m.s 

k Turbulent Kinetic Energy m2/s2 

ε Turbulence dissipation m2/s3 

x Length characteristic m 

D Diffusion coefficient m2/s 

C Species concentration g/l 

Sc Schmidt number Dimensionless 

Sh Sherwood number Dimensionless 

K Mass transfer coefficient m/s 

L Effective length m 

r Bundle area radius m 

R Column ID m 

φ Packing density Dimensionless 

DColumn Column inner diameter m 

dh Hydraulic diameter m 

deff Effective diameter m 

dfibre Fibre outer diameter m 
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Figure legends 

 

Figure 1 - Left - Schematic of a sample fibre bundle, Right- The hexagonal fibre 

orientation with I) 4, II) 7, II) 19 and IV) 37 fibres 
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Figure 2- Cross sectional image of the computational domain I) 4, II) 7, II) 19 and IV) 

37 fibres 
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Figure 3- Schematic of the tracer response and specific oxygen transfer rate 

experimental set-ups 
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Figure 4- Tracer concentration vs. time for pulse injection, left-pulse injection, right-

response curve 
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Figure 5 – Experimental and modelled tracer concentration for various bundle 

configurations at water inlet velocity of 6.9cm/s, y-axis: tracer molar concentration 

(mol/lit), x-axis: time (sec) 

  model, experimental data  
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Figure 6 – Model and experimental mean residence time comparison for all bundle 

configurations, at inlet velocity of a) 2.7cm/s, b) 4.8cm/s, c) 6.9cm/s 
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Figure 7- Experimental Mean residence time (left) and dimensionless variances 

(right) for various bundle configurations  at inlet water velocities of a)2.7cm/s, 

b)4.8cm/s, c)6.9cm/s 
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Figure 8- Specific oxygen transfer rate for bundles of 4, 7, 19, 37 fibres with fibre 

spacings of 2, 4 & 6mm at water inlet velocity of 6.9cm/s 
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Figure 9- Relationship between (Sh/Sc0.33) and Re for inlet velocities of a) 2.7cm/s, 

b) 4.8cm/s, c) 6.9cm/s 
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Figure 10- Model vs. experimental Sherwood numbers, a) Re=690, b) Re=1335, c) 

Re=1632 


